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This article introduces the “‘state space’ conceptual framework to process syn-
thesis, which is used to provide a novel representation of a distillation network as
a composite heat- and mass-exchange network. This representation suggests that
distillation network synthesis may best be viewed as an interacting heat- and mass-
exchange network synthesis problem. In that regard, familiar tools (such as pinch
diagrams) from both heat-exchange network (HEN) and mass-exchange network
(MEN) synthesis are shown to be of use in arriving at energy-efficient distillation
network designs. Examples of propylene-propane and solveni-water separations are
used to illustrate the proposed conceptual framework.

Introduction

Distillation is one of the most important and commonly
used separation processes and accounts for a substantial por-
tion of worldwide energy consumption. Distillation networks
abound in a number of plants (chemical, petrochemical, mi-
croelectronic manufacturing, food, waste recycling, and oth-
ers), and are used both for valuable product purification/
separation and for waste recycling.

Distillation, as well as crystallization and evaporation, is an
example of energy-separating-agent processes, which contrast
with mass-separating-agent processes (King, 1980) such as ab-
sorption, desorption, and ion-exchange. These two classes of
separations have traditionally been studied separately.

Methods to design a single distillation column with one feed
and two products have been known for years. The McCabe-
Thiele and Ponchon-Savarit methods for binary distillation
and the Fenske, Underwood, Thiele-Geddes and Lewis-Mathe-
son methods for multicomponent distillation are prominent
examples. Design methods for distillation networks with mul-
tiple columns, multiple feed and/or product streams, as well
as multiple target compositions for multicomponent mixtures,
are the subject of intense research efforts.

The task of synthesizing a separation system, of which dis-
tillation is a special case, can be defined in a general way as
follows: Given a set of muiticomponent streams of known
properties, a set of heating, cooling and power supplying util-
ities and a set of mass-separating agents which may need to
be regenerated, it is desired to identify a network of heat/mass
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exchangers that can yield, with the help of auxiliary equipment
such as phase separators, pumps and compressors, a set of
multicomponent product streams of desired properties at a
minimum venture cost.

Distillation is not mentioned as such in this definition, being
replaced by the more general term ‘‘network of heat/mass
exchangers.”” By doing so, the scope of previous definitions
of the problem (Rudd and Watson, 1968; Nath and Motard,
1978; Nishida et al., 1981; Westerberg, 1985) is enlarged, in-
cluding the possibility of using classical distillation one-feed,
two-product columns, but also allowing the usage of mass-
separating agents, the incorporation of power-supplying util-
ities such as compressors, the undertaking of the separation
task at various pressure levels and the usage of thermodynamic
cycles such as heat pumps.

Driven by the energy crisis of the 70s, minimization of utility
consumption has been the primary goal of process design for
many years. In particular, in heat exchanger network (HEN)
synthesis, different methods to determine minimum utility con-
sumption were presented. They have been summarized in two
important review papers (Nishida et al., 1981; Gundersen and
Naess, 1988).

Westerberg (1985) reviewed the problem of distillation-based
separation systems revealing that the literature primarily ad-
dressed the separation of a ‘‘single relatively ideal mixture into
sharply split, usually pure-component products using systems
of single-feed, two-product distillation columns.’’ Heat inte-
gration of distillation columns has also been discussed in the
context of separation system design as far back as 1974 (Rat-
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hore et al., 1974a,b). Many articles have analyzed the problem
of using such tools as branch and bound (Morari and Faith,
1980), evolutionary design (Nath and Motard, 1981; Umeda
etal., 1979a,b), thermodynamic availability (Naka et al., 1982),
pinch design (Dundorf and Linnhoff, 1982; Linnhoff et al.,
1983) and utility bounding (Andrecovich, 1983; Andrecovich
and Westerberg, 1985), among others.

The concept of superstructure was introduced for distillation
trains by Sargent and Gaminibandara (1976) and for heat ex-
changer networks by Grossmann and Sargent (1978). These
superstructures contain many design alternatives and can be
used to obtain locally optimal configurations via MINLP pro-
gramming techniques (Papoulias and Grossmann, 1983a,b,c;
Grossmann, 1985; Duran and Grossmann, 1986; Floudas,
1987). Some unsuccessful attempts were made to identify global
optima of these types of process synthesis problems. In par-
ticular, the application of Generalized Benders Decomposition,
as proposed by Floudas et al. (1989) cannot guarantee global
optimality and may render local optima or points that are not
even extrema (Bagajewicz and Manousiouthakis, 1991} Sahin-
idis and Grossmann, 1991).

Side strippers and enrichers (Carlberg and Westerberg,
1989a), the Petlyuk configuration (Petlyuk et al., 1965; Carl-
berg and Westerberg, 1989b), intermediate cooling and heating
(Terranova and Westerberg, 1989), multifeed and multiprod-
uct streams (Floudas and Paules IV, 1988; Floudas and An-
astasiadis, 1988), azeotropic distillation (Knight and Doherty,
1989), multiple-feed/side streams (Nikolaides and Malone,
1987), nonsharp separations (Maraki and Hayakawa, 1988;
Wehe and Westerberg, 1990; Mallick, 1991) are some of the
aspects of the general problem currently under study.

As outlined above, research on this subject has been suc-
cessfulin studying particular aspects of the distillation network
synthesis problem. Nevertheless, it has not materialized in a
comprehensive conceptual framework that can address the
problem in its entirety.

To address the separation network synthesis task for the
class of problems that employ mass-separation agents, the
notion of mass exchange network (MEN]) synthesis has been
recently proposed (El-Halwagi and Manousiouthakis, 1989a,b;
1990a,b). The design goal of minimizing mass-separating agent
cost is attained without prior commitment to any particular
design. Pinch points in the design are also found. Finally,
networks featuring a minimum number of units are obtained.

It has been common practice in synthesizing distillation net-
works to first determine the separation sequence and then
analyze the possibilities of heat integration. This strategy often
provides good designs, though it has been established that the
possibilities of heat integration in a flowsheet can alter the
optimal separation system design (Linnhoff et al., 1983).

The use of heat pumps in distillation has also been inves-
tigated, and their usage has been proven to provide substantial
energy savings. Null (1976) has proposed three methods to
design distillation columns employing heat pumps: (i) heat
pump involving an external fluid; (ii) heat pump using
compression of the overhead vapor; and (iii) heat pump using
flashing of the reboiler liquid. Studies on the use of heat pumps
for distillation columns in the context of overall process heat
integration reveal that heat pumping results in energy savings
only if heat is pumped across the pinch (Linnhoff et al., 1983;
Smith and Linnhoff, 1983). The use of heat pumps in con-
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nection with side-stream return and side-stream heating and
cooling was also investigated recently (Lynd and Greitland,
1986; Bjorn et al., 1991).

The primary limitation of all existing approaches to distil-
lation network synthesis stems from the inability of these ap-
proaches to capture effectively design alternatives which have
proven of value in practice. Some approaches ignore heat in-
tegration and some assume sharp splits, while others ignore
intercooling/interheating and other possibilities and all use the
traditional one-feed, two-product stream arrangement. Such
limiting assumptions prevent these methodologies from quan-
tifying the minimum utility cost that must be expended for a
given separation task to be accomplished using distillation
technology.

Although energy savings was the main target of the majority
of the studies mentioned, the important question of an a-priori
minimum utility calculation for distillation networks was not
even posed explicitly in the past. There, however, were some
attempts to address the issue. Utility bounds were used to
develop energy-integrated solutions for the case of multi-effect
distillation (Andrecovich, 1983; Andrecovich and Westerberg,
1983). Stream bypassing was also considered as a means of
reducing the energy consumption (Wehe and Westerberg, 1987).
To allow for more heat recovery, Umeda et al. (1979a) pro-
posed to observe the pinch that develops in the HEN associated
to the process and then change process conditions using a set
of heuristics. To obtain energy-efficient designs, Kaibel et al.
(1989) proposed an evolutionary approach starting from ther-
modynamically ideal cases, applying certain simplifications,
and taking into account the interaction between the heat and
mass exchange. In these designs, however, alternatives to the
basic mass-transfer arrangement of one-feed, two-product
structures were not explored.

To address these deficiencies we propose a significant con-
ceptual departure from previous approaches to distillation net-
work synthesis. The focus of this article is to develop a
methodology that addresses the problem of determining dis-
tillation alternatives that are energy-efficient for a separation
problem with single-component targets. We start first with an
introduction to the state space approach to process synthesis.
We then employ this framework to provide an interacting heat/
mass-exchanger network representation of a distillation net-
work. Finally, we examine the interactions between the HEN
and the MEN associated with a distillation network, and show
how this novel conceptual framework can be used to design
energy-efficient distillation networks.

State Space Approach to Process Synthesis
State space notion

In this section, some of the basic concepts that help establish
the conceptual framework termed ‘‘system theory’ are re-
viewed. In particular, we focus on those primitives necessary
for the introduction of the notion of ‘‘State Space.”” An ex-
cellent discussion of this subject is given by Zadeh and Desoer
(1979).

The behavior of any system can be described quantitatively
in terms of a set of variables (density, concentration, temper-
ature, pressure, and so on) and a set of relations among these
variables. If the variable set is partitioned in two subsets {input
variable and output variable sets), then the aforementioned
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system defining relations among these variables are referred
to as input-output (I-O) relations. The sets over which input
and output variables can assume their values are in turn re-
ferred to as input and output spaces.

Input-output (I-O) relations are such that knowledge of the
inputs and the I-O relations does not provide knowledge of
the output. Any set of variables whose knowledge, when com-
plemented with knowledge of the system inputs and the I-O
relations, uniquely determines the system outputs is therefore
referred to as a set of state variables. The set over which state
variables assume their values is in turn referred to as state
space, and the relations which help establish output uniqueness
based on state knowledge are referred to as input-state-output
(I-S-0) relations.

Toillustrate these concepts we consider a single-input, single-
output, linear, time-invariant system. Let # and w be scalar-
valued time functions on [#,, ) which denote the system input
and output variables, respectively. The system defining equa-
tions:

n—1 n—1
D aw (1) +w? (1) =] Bu (1) (1
i=0 Jj=0

uP(t)=0  vj (2

are the I-O relations. The input and output spaces are the
linear vector spaces of scalar valued piecewise infinitely dif-
ferentiable functions defined on [z,,00).

The theory of ordinary differential equations suggests that
knowledge of the input u# and of the input-output relation is
not sufficient to uniquely determine the output w. Indeed,
unique determination of w on [f,,) requires knowledge of
w(t,) and its derivatives w'” (¢,), for i=1, ..., (n—1). There-
fore, the state space is R” and the relations given by Eqgs. 1-
2 and the following initial conditions:

w9 (£y) = wi i=0,...(n-1 3)
are the input-state-output (ISO) relations.

The ISO relations describing any given system are not unique.
For example, the aforementioned system can also be defined
through another set of ISO relations that can be derived as
follows.

We first define the following variables:

Zléw W

z2éél+an—1z1_Bn-luzw(1)+an—lw_8n—lu

7= éz+&r:~zzn =Bt =W+ o, W+ o, W
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and then require that:
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Zn= — a2y + Bolt = — oW + Bou (5

These relations ensure that:

n—-1 n-1
2,2 =W+ Bou= D aw () +w (1) = D Bu? (1) (6)
i=1

=1

which is the 10 relation of the considered system.
The above equations can be summarized as:

r
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®

Since one can uniquely determine w on [fy, %), based on Eqgs.
7-9, it is justifiable to characterize these as ISO relations for
Eq. 1. The resulting state space is again R”. The state of the
system at ¢, is z(#,) as defined by Eq. 9. The system state at
any time ¢, z(¢), can be evaluated based on the input u, the
system state at an earlier time, z(#,), and some of the ISO
relations termed ‘‘state equations,”’ z =Az+ Bu. The above
state space realization is termed the ‘‘observer canonical form’’
(Kailath, 1980, p. 50) and is often used to establish the notion
of observability for linear dynamical systems.

Having provided an algebraic derivation of ISO relations
for Eq. 1, we now proceed to a graphical representation of
these developments. The derived 1SO relations can be repre-
sented as shown in Figure 1. This figure can be redrawn by
isolating the algebraic operations performed by A4, B, C, D
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Figure 1. |-S-O representation of a dynamical system.

from the integration operation. The resulting representation
is shown in Figure 2. The subsystem represented by:

A B

C D
is a linear finite dimensional operator that processes the input
and the state information to generate the output and state
derivative information. On the other hand, the input and out-

put of the integration operator { are the state derivative and
state information, respectively.

Implications for process network analysis and synthesis

Having outlined the notion of state space for linear dynam-
ical systems, we are now in a position to examine its impli-
cations for the synthesis of chemical process networks. The
analysis and synthesis of these systems require that the rep-
resentation of their input-state-output relations be developed.
At the analysis level, the engineer is given the input data u (the
raw material) and the I-S-O relations (the network itself), and
is asked to predict the output w (the product). At the synthesis
level, the engineer is given input data u and output specifi-
cations w (that is, IO information), and is asked to develop
ISO relations that satisfy these data and specifications. Some-
times, the engineer is given incomplete set of data and speci-
fications; in addition to specifying the ISO relations, he is also
asked to provide the missing input data and/or output spec-
ifications. One good example of this to determine the optimum
utility usage in heat-exchanger network design.

L

Y

Figure 2. Alternative I-S-O representation of adynamical
system.
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Figure 3. State-space representation.

In this context, one may state that the most challenging goal
of process network synthesis is to identify properties shared
by all I1SO relations that can possibly realize given 10 infor-
mation. To pursue this goal one must first provide a systematic
way of generating state-space realizations for process net-
works. For linear dynamical systems, we saw earlier that the
interaction of two operators (the integration { and the ABCD
operators) can accomplish this goal. It is our contention that
this is also the case for process networks.

Process networks are complex systems whose function is the
transformation of certain entities (mass, momentum, and en-
ergy) from one state to another. This overall function is at-
tained through decomposition into simpler functions that can
be physically realized in a straightforward manner. For ex-
ample, the function of stream splitting can be realized through
a T-type pipe junction, the function of heat transfer can be
realized through a countercurrent heat exchanger, and so on.
One can classify these functions in two categories:

a. Mixing and splitting
b. Unit operations.

A subsystem that consists of only mixing and splitting func-
tions is a special case of the ABCD operator used in dynamical
systems (a special case since the coefficients in the matrices 4,
B, C and D can be only between 0 and 1, for example) and
will be termed a distribution network (DN).

The subsystem that either consists of or assesses the impact
of unit operations corresponds to the integration operator in
linear dynamical systems and gives rise to a process operator
(*). The resulting state-space representation of a process net-
work is shown in Figure 3. Streams entering the operator are
transformed by it and exit directly opposite to their entrance
point.

It is important to realize that:

® The linearity of the I-S-O relations used to establish the
analogy is lost.

e The state variables need not be considered functions of
time, since process network synthesis problems are mostly con-
cerned with steady-state operations.

e In the 1-S-O representation for dynamical systems, the
operator is linear (integrator), whereas in the state-space ap-
proach to process synthesis, the operator is in general nonlin-
ear.

To better understand how a process network may be rep-
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Table 1. Heat-Exchange Network Stream Data (One-Hot,

One-Cold and Oue-Cooling Utility Stream)

Stream Flow (kg/s) T, °C) Tou CO)
H 1 100 40
C 1 45 65
w 2 15 35

cp=4.184 kJ/kg- °C; minimum approach temp.=5°C.

resented in state-space form we consider a heat-exchange net-
work involving one-hot, one-cold and one-cooling utility stream
(Table 1). For this system, the “‘input”’ information is:

u=[Fy, T}, Fe, TE, Fy, TR1" (10)
and the ““output’’ information is
w= [FH’ T[o{u[, FCv T(o‘,m’ FW’ Tﬁ’m T (11)

The IO relations for this system are derived under the as-
sumption of no energy generation of consumption, and are
based on the overall energy balance:

FuTo+ Fo TR+ FyTe=Fy TS+ FcTE + Fy T (12)

This IO information can be satisfied through several ISO
relations. Each ISO relation corresponds to a network structure
and can be established based on first principles (for example,

the heat balances in all the exchangers).
One particular network and its corresponding state-space

T T T m T T T T T T~
AT““’ w Fa Ty T B Th
T T
N S ™ !
i 1
Fe T ) L
e |
- 1 e !
Toul] out F T [ F rIJ"
w Twi w1 Wl w lw
L |
Fo Te * By FHT}T“
s T
i -
L B, T
B Tz |
Fo_Ty
Y
,rDI.lI
<1
A WY O -

out

T | I

Figure 4. Parallel network and its state-space realization
corresponding to Table 1.
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representation are shown in Figure 4. The ‘‘state’’ vector is
the output of the process operator and input to the distribution
network, and can be written as:
= [FHlv Flﬂ! Tlg\;lv I?r“z(: FCI’ TST(’ FWI’ TPOIBII]T (13)
The ‘‘state derivative’” vector corresponds to the input of
the process operator and is equal to:

é:[FHIx FH23 ;'?17 ;—?2’ FCI) Tg}h FW]) i};}]]'f (14)
The process operator (®) is such that:
z=(*)z (15)

To mathematically describe this operator one need only spec-
ify the heat matches taking place (for example, H1-C1, H2-
W1), the size of the corresponding exchangers and their de-
scribing equations such as:

Frepm ( T}h;l = T3 =Feiepe (TS - Ticnl)

=UAy,cATIng o (16)
Frnepm( T.i?z - T8 = Fyncpun (T — Tg}l
=UAmwdTNngpw  (17)

These equations can indeed be used to determine z from
z. Finally, the particular distribution network employed cor-
responds to the following realization of the ABCD operator:

A=0  dim (8x8) (18)
- -
AL 00000
Frn
29000 0
Fn 0
0 10000
B= | 0o 10000 (19)
0 01000
0 00100
0 0001 0
0 0000 1
(11 0 0 000 0]
Fyy Fup
00 fmfm g g0
* Fu Fa
C= 00 0 O 100060 (20)
00 0 0 0100
00 0 0 0010
00 0 0 000 1
D=0  dim (6x6) @1

As stated earlier, the above-described ABCD and (®) op-
erators give rise to a particular state-space realization of the
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10 relations. Other state-space realizations of the same 1O
relations (that is, other process networks fulfilling the same
input-output requirements) can be constructed in many other
ways. One may consider:

1. A different distribution network (for example, 4 #0)

2. Different exchanger sizes

3. A state vector of higher dimension (for example, 16 rather
than 8 giving rise to a network with more units).

One such alternative constitutes a network of exchangers in
series as depicted in Figure 5, which has been constructed using
the same state-space dimension. The distribution network em-
ployed corresponds to the following realization of the ABCD
operator:

00 000 O0O O]
10000000
00000000
00100000

A= 2)
0000000 O
00000000
000000O00O
(000000 0 0]
(10000 0]
000000
010000

s 000000 )
001000
000100
000010
[0 0000 1]
[0 1 0 0 0 0 0 0]
00010000
00001000

C= (24)
00000T1O00
000000T10
L0 00000 O0 1]
D=0  (dim 6x6) ©5)

One should note that by changing the values of areas in the
exchangers, the process operator () is altered. Therefore, the
process operator (*) is uniquely specified only when its defining
equations (based on conservation laws) and the areas and heat-
transfer coefficients of the exchangers (parameters of the op-
erator) are specified.

In summary, at the analysis level, the engineer is given the
input variables and I-S-O relations (the network and its equa-
tions), and is asked to determine the value of the output vari-
ables (the outlet temperatures).

Conversely, at the synthesis level, the engineer is given the
input and output variables (the input and output flow rates,
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Figure 5. Network in series and its state-space reali-
zation corresponding to Table 1.

temperatures, and so on), and is asked to determine the ISO
relations (the process network).

At the synthesis level, preliminary evaluations, such as the
calculation of minimum utility consumption, are often per-
formed. In this case, the engineer is only concerned with the
level of utility usage and does not require specific details on
the process network itself. This goal is achieved through the
so-called “‘pinch’’ calculations and leads to another type of
process operator termed ‘‘the pinch operator.”’ The mathe-
matical description of this and other process operators is pro-
vided later.

Distribution Network Mathematical Description. Although
exceptions have been suggested (Westerberg, 1989) for the
simple case of heat/mass or simultaneous heat- and mass-
exchange networks, it is usually assumed that process streams
do not mix. Therefore, it is assumed that splitting and mixing
in the distribution network take place for streams belonging
to different ‘‘families.”” Each family contains all the streams
inside the network that emanate from a certain input stream.
It is easy to see that in such a case the operators 4, B, C, D
are partitioned operators of the type:

A, o 0 - 0
A=|l0 o 4 - 0 (26)
0 0 A,
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where n is the number of physical streams represented by u
and w. The dimensions of the operators of each family depend
on the number of ‘‘junctions’’ chosen for that family. The
number of junctions, therefore, serves as an upper bound of
the number of network streams associated with a certain net-
work input stream.

Operators A;, B;, C;, D; represent the material and energy
balances at the junctions of the DN. Therefore, a complete
mathematical description of the DN can be obtained in terms
of the splitting ratio of each stream at each DN input junction
only.

Finally, the condition of retaining physical identity is a de-
sign specification for heat- and mass-exchanger networks where
mixing of streams is not allowed. In distillation networks,
streams are allowed to mix and split inside the network, so
that this design specification is no longer imposed. In this case,
one may say that there is only one family and the operators
are no longer partitioned.

Superstructure Operator. This operator provides for no
mixing and/or splitting, and has the structure of the operators
used in Figures 4-5. For each hot/rich stream, only one match
with a predetermined cold/lean stream is possible. Each of
these matches is a-priori parameterized in terms of an integer
variable 7, , that either allows or disallows heat/mass transfer
to take place.

As one utilizes this operator for synthesis purposes, a suf-
ficient number of junctions must be created in the distribution
network, so that at least one match between a hot/rich and
all cold/lean streams is included. This construction is analo-
gous to the notion of superstructures, as put forth in previous
works with various degree of completeness (Sargent and Gam-
inibandara, 1976; Grossmann and Sargent, 1978; Floudas et
al., 1986; Floudas and Ciric, 1989; Yee et al., 1990; Yee and
Grossmann, 1990) and leads us to call this operator the ‘‘su-
perstructure operator.”’

The mathematical representation of this operator involves
specifying the possible hot-cold matches, the associated energy
balances, establishing second thermodynamic law constraints
and determining the areas of exchangers. For the example given
in Table 1, we created a superstructure operator having two
matches. The energy balances and the specification of heat-
exchanger areas are given by Eqgs. 16-17. The following equa-
tions connect the heat load of each match to the integer vari-
able.

Fiepm (T —TH) — A T, <0 27
Fincpin (Tin — T — A Nr2,ur <0 (28)

where A is a large number.

To guarantee thermodynamic feasibility, the temperatures
involved in each match satisfy the second law of thermody-
namics. They are (see Figure 5):

which are complemented with the equations that constrain each
stream to be hot and/or cold, respectively:

TH < Th (33)
T < Th (34
Th<T (35)
Ti<TH (36)

For the case of mass-exchange networks, one needs to use
the equilibrium relations to write the second law. Let x;, X; be
the rich-stream inlet and outlet concentrations, and y;, y; be
the inlet and outlet concentrations of the lean stream. Let also
F(x;) be the concentration of a lean stream that is in equilib-
rium with a rich stream of concentration x;. Assume further
that F(x)>x, that is, F(x) is concave. There is no loss in
generality in this assumption, since one can always replace the
convex portion of the equilibrium function with piecewise lin-
ear approximations. Then, for the case of mass exchange, the
second law (feasibility) is satisfied if:

Pi—F(x)=0 (37
Y- F(£) =0 (38

If one wishes to pursue to solution of a network synthesis
problem featuring minimum total annualized cost using this
operator, then the corresponding objective function has the
structure:

cwFw+nm_c(B+adl o) +p-w (B+adln_w)]  (39)

where ¢y, «, (3, and vy are the cost parameters.

The dimensionality of the problem posed by the mathe-
matical description of this operator often exceeds the capa-
bilities of known optimizers, even for the pure HEN or MEN
design cases in which each pair of streams are allowed to match
only once throughout the network (acyclic networks). It is,
therefore, imperative to turn our attention to other operators
that can be computationally more amenable. A large variety
of other operators can be conceived, in response to a particular
network synthesis problem’s characteristics. Next we outline
some of these.

Assignment Operator. This operator is similar to the su-
perstructure operator in that it also does not allow stream
splitting and/or mixing. Each stream is matched only once but
the hot-cold matches are not specified a priori. Instead, it is
assumed that any hot stream may match with any cold stream
though each stream may be matched only once. The structure
of this operator is depicted in Figure 6. This flexibility is par-
ameterized in terms of the integer variables », ; associated with
each hot i-cold j match. These variables satisfy the assignment

TE-TH <0 29) A
constraints:
T — T,i.;'l =0 30) Z my=1 (40)
T —TH' <0 (31
A Sim=1 (41)
T — T =<0 (32) i
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Hot/Rich Streams

EE—— s

Cold/Lean

Streams — pu] -
S —

. Active Match
O Inactive Match

Figure 6. Assignment operator.

The resulting optimization problem features the property of
the ‘‘assignment problem in linear programming’’ to naturally
possess integer solutions for 7, ;. Therefore, the overall net-
work’s optimization could be pursued with NLP rather than
MINLP solvers.

The mathematical statement of this operator is identical to
that of the superstructure operator, except for the additional
assignment constraints (Eqs. 40-41). Additionally, one has to
multiply each feasibility constraint by », ; so that only the active
match is forced to be feasible.

The particular structure of this operator may allow the so-
lution of a particular network synthesis problem with less junc-
tions than the superstructure operator.

Pinch Operator. This operator specifies the amount of heat/
mass to be taken away from an incoming hot/rich stream, and
the amount of heat/mass to be given to an incoming cold/
lean stream. In doing so it uniquely determines the exit tem-
peratures for each of these streams and thus the state of the
overall process network.

Distribution Network

Y

vy

Pinch
Operator

— |

Figure 7. State-space realization of a HEN (MEN) net-
work using the pinch operator.
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Although minimum utility usage for HEN or MEN alone
can be calculated without the use of the state-space approach,
this cannot be done for interacting HEN and MEN. Never-
theless, to present the operator, we restrict ourselves to the
case of HEN or MEN alone (Figure 7).

The operator’s definition requires that these amounts of
heat/mass be acquired or be taken away in agreement with the
first and second laws of thermodynamics. Employing a tem-
perature/concentration heat/mass load diagram one can en-
force these laws as follows.

First law:

heat/mass gained
=0 (42)

heat/mass lost
by hot/rich streams by cold/lean streams
Second law:

The composite hot/rich stream should 3)
lie above the composite cold/lean stream

Based on the results of Grimes (1980), Cerda et al. (1983),
and Duran and Grossmann (1986) for HEN and El-Halwagi
and Manousiouthakis (1990a,b) for MEN, the latter condition
need be enforced only at the inlet temperatures/concentrations
of each stream (the so-called *‘pinch point candidates’’). There-
fore, the second law can be restated as:

heat/mass lost by hot/
reach streams below the

pinch point candidate

heat/mass gained by cold/
—{ lean streams below the } <0 (44)
pinch point candidate

for all pinch point candidates.

The exact representation of the pinch operator for our ex-
ample is:

First law:

Fincpm (TH — T + Frnepm (Tin — T3
=Faepe (T = TE) + Fincpw (Tih ~ Tin). (45)

Second law:

In the mathematical representation of the pinch inequalities
one must take into account only the portion of load that cor-
responds to all the temperatures below the pinch candidate.
This is easily done when the operator’s inlet and outlet tem-
peratures are known. However, since these are now variables,
one must incorporate into the mathematical description vari-
ables that would recognize the relative values of these tem-
peratures with respect to the pinch candidate. For example,
for the pinch candidate T, we introduce:

Sif‘;z—m = Max { T)i‘rl]b Tli;r‘l (46)
SE_m=Max (T, Ti} 47)
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& m=Max{Té, Th—AT) (48)

r& g =Max{Tg", T} — AT} (49)
"i;fllfx _m =Max({ T;;lx TITI — AT} (50)

riom=Max{ T3, Tij - AT} (51
where the minimum approach temperature difference AT was
used.

Then the pinch inequality for this pinch candidate is, there-
fore, written as follows:

Fonepin (Tin— T3 + FrnePin (Tin — Sih_ )

— (T3 =585 ) = Faepal(TE = rdi_m)

- (Ticnl _fgl—Hl)]_Fchle[(Tﬁyl‘_rOWult—Hl

—(THi—ri-m)1=<0 (52

Similar equations can be written for the other pinch can-
didates 7)%, TH, and T,

Stream self-recycles have been included as part of the DN
flows. Stream self-recycles are defined as distribution network
flows connecting the inlet and outlet of the DN for the same
stream. When these recycles are present in streams that pass
through only one pinch operator, they can be eliminated with-
out violating the second-law thermodynamic requirements as-
sociated with the pinch operator.

Indeed, consider a hot/rich stream that passes through a
pinch operator and presents a self-recycle, as shown in Figure
8. If one maintains the temperature/concentration at the outlet
of the pinch operator fixed and eliminates the self-recycle, then
as the heat/mass released by this stream must remain the same
(because of the first thermodynamic law requirements), the
temperature/concentration at the inlet of the pinch operator
increases. The composite hot/rich stream of the pinch operator
will, therefore, be altered showing an increase in the corner
corresponding to this stream’s inlet temperature/concentra-
tion. Asinlets of streams are pinch point candidates, the second
thermodynamic law requirements can only be made easier to
satisfy. In Figure 9, a typical unpinched solution of a minimum
utility problem is depicted in terms of the final composite curve
diagrams. No self-recycles are included in this solution. Sup-
pose now that the self-recycle on stream C, is increased. The
new stream C, will have greater flow rate and initial temper-
ature. A simple energy balance reveals that the new initial
temperature will be such that the heat load is the same as for
C,. The resulting composite curve will be risen creating a pinch
point. Further increase of the recycle will violate the second
law. Since the amount of heat transferred does not change,
no changes in the utility consumption are observed in increasing
the recycle. Conversely, if the solution had contained a recycle
for stream C,, this recycle can be eliminated, since the slope
would be reduced, and thus the cold composite curve would
lie farther away from the hot stream.

It can be summarized that a state-space model that uses
pinch operators, can be constructed omitting the stream self-
recycles around each pinch operator. Other recycles inside the
DN should, however, remain intact to capture all possible
solutions.
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Figure 8. Self-recycle on a pinch operator.

It should be emphasized that the use of the pinch operator
becomes of paramount importance only in the case of HEN/
MEN interacting, either with one another or with other process
operators. In the following sections we demonstrate that this
is exactly what happens in distillation networks.

Split-Matching Operator. This operator allows both stream
splitting and mixing. Every hot/rich stream entering the op-
erator is split into as many streams as cold/lean streams pres-
ent. Similarly, every cold/lean stream (including utility streams)
are split into as many streams as hot/rich streams present.
Then, one hot/rich-cold/lean match is created for each re-
sulting stream as shown in Figure 10. Several options may be
pursued in further defining this operator. For example, one
may assume that the operator’s internal streams that mix with
one another all have the same temperature. This assumption
allows the thermodynamic feasibility of each match to be as-
sessed based on the operator’s input and output information.

For our example, let Quy_c1s Qm-wi» Qmz-cr and Oy
be the heat exchanged in each match. The first law of ther-
modynamics is satisfied if:

T T
Hot & Cold &
Scale Scalk

Heat
Load

Figure 9. Effectofself-recyciesonthe temperature-heat
load diagram.
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Figure 10. Split-matching operator.

Fuicpan (Ti — T3 = Om—a + Q- w1 (53)
FucPin (T —T') = Qm-ci + Q- (54)
Focpe (TS = TE) = Qm-c1 + Qm-a1 (5%)
Funcpu (T — Ti) = Qun - w1+ Q- m (56)

In the context of minimum utility calculations, one requires
that each active match satisfy the second law, within a tolerance
given by AT. For our example, this is written as:

Q- (T +AT-TH) <0 7
O i T+ AT— TS <0 (58)
O wi (TS +AT—TH) <0 (59
Om-w (T +AT-TH) <0 (60)
Omr-ct (T +AT—-Ti%) <0 (61)
Om-c (TG +AT-Ti3) <0 (62)
O (TR +AT=Ti3) <0 (63)
Orrwi (T + AT =T <0 (64)

C TWA S T H T [ ] Active Match
O Inactive Match
| Y S1
S
] B
——1] v v _ ,
C Split-Matching
—r— G Operator
w 1 —
—>\\ hagl |
W
[ Y U O {
|

Figure 11. State-space realization of the HEN corre-
sponding to Table 2 using a split-matching
operator with one junction per stream.

For mass-exchanger networks, one introduces a minimum
approach e and requires that:

Q. U+e~F(x)}=0 (65)
Q. y+e-F(%)]=0 (66)

As in the pinch operator, the utility demand is given by the
values of the heat transferred to or from the utility streams.

When minimizing utility cost, the split-matching operator
can provide the same minimum utility predicted by the pinch
operator, provided enough junctions are allowed in the DN.
indeed, when the second-law temperature inequalities (before
being multiplied by the heat transferred) are both simultane-
ously satisfied, the i—j match is feasible and the amount of
heat/mass that can be exchanged between stream / and j is
limited only by the lowest of the loads. When only one of these
inequalities is satisfied, the match is partially infeasible. Fi-
nally, when both inequalities are violated, the match is fotally
infeasible.

In the absence of partially feasible matches, the solution
obtained using the split-matching operator is the same as that
obtained using the pinch operator. This is so because all feasible
heat/mass transfer can be realized. On the other hand, as
enough junctions are provided, any partially feasible match
can be transformed into one feasible and one totally infeasible
match. As a result, the minimum utility predictions of the
pinch operator can be exactly realized.

Let us illustrate this with an example. Consider the case of
Table 2. The solution obtained when only one junction per
stream is used is depicted in Figure 11. This solution corre-
sponds to a network where stream H is cooled using cooling
utility and stream C is heated using steam. It is because both

Table 2. Heat Exchange Network Stream Data (One-Hot, streams have to exchange all their required heat using only one
One-Cold and Two Utility Streams) stream in the operators. With this amount of junctions, this
" = particular state space cannot realize the real minimum utility,
Stream Flow (ke/s) T CO) Tou (O In this particular solution, it is possible to identify one partially
H 1 100 40 feasible match. It corresponds to the match H1 — C1. There-
fV i 3(5) 2(5) fore, we conclude that the solution obtained cannot possibly
s _ 110 110 be a minimum utility solution. Indeed, if we add one more
junction to the family corresponding to stream /4, one can

cp=4.184 kJ/kg-°C; minimum approach temp. =5°C realize the minimum utility, as depicted in Figure 12.
1778 November 1992 Vol. 38, No. 11 AIChE Journal
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Figure 12. State-space realization of the HEN corre-
sponding to Table 2 using a split-matching
operator with two junctions per stream.

Block-Partitioned Operators. Consider the case in which
both heat and mass need to be exchanged between a given set
of streams (the supply temperatures and concentrations differ
from the target temperatures and concentrations). It is known
that pinch or split-matching calculations can be done for the
case of heat exchange or isothermal mass exchange alone. But
can they be performed when both commodities are exchanged
within the network? To answer this question, we consider two
forms of heat/mass exchange that can take place inside a heat/
mass exchange network.

* When heat and mass exchange take place within the same
unit, its heat/mass transfer is called simultaneous.

P

Distribution
Network

1YY

Partitioned |,
Operator

P

Distribution
— ] Network
; [ l
Ad A T
// o
MEN
| |
" !
I
Partitioned Iy //
Series- Parallel 1 HEN
Operator v
Y
Y
4
i
/

Figure 14. State-space realization of a HEN (MEN) using
block partitioned parallel-series pinch oper-
ators.

® When heat and mass exchange take place within the net-
work but in different units, its heat/mass transfer is called
separable.

In the case of separable heat/mass exchange, the above-
mentioned pinch or split-matching operators can be used to
calculate minimum utility cost within the state-space frame-
work. The necessity of the state-space framework stems from
the inability to construct temperature interval diagrams (TID)
and concentration interval diagrams (CID), as there is no a-
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4414 // //
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Y

Figure 13. State-space realization of a HEN (MEN) using
block-partitioned pinch operators.
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Figure 15. State-space realization of a separable MEN-
HEN with two MENs at different pressures.
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priori knowledge of the inlet and outlet temperatures and com-
positions of the streams participating in the HEN and MEN.
There is indeed a trade-off between mass-separating agent and
heating-cooling costs; as a result, an optimization procedure
is required to determine the level or levels of temperature at
which mass transfer should take place. Figure 13 shows how
the different mass-pinch and heat-pinch assessments can be
realized by a partitioned pinch operator.

Series operations of such type as mass exchange-heat ex-
change require one stream with only one inlet and one outlet
junction in the distribution network per each operation. 1f
these series operations are allowed to be performed within the
operator, as shown in Figure 14, only one stream will be used,
with the resulting reduction of dimensionality.

Auxiliary Operators. Distillation includes phase separation
and is therefore desirable that isobaric and adiabatic flash
separation be represented within the state-space framework.
For this purpose, a phase separation operator can be defined
for each stream at the outlet of the HEN and before it is
introduced into the DN.

As one may allow pressure changes in the network, an op-
erator that performs compression or expansion, allowing the
addition of mechanical energy and the adiabatic expansion of
streams, is also introduced. This can be done outside the DN
for each stream or even be considered inside the distribution
network associated with the DN internal streams. The advan-
tage of allowing pressure changes inside the distribution net-
work is that the number of possibilities increases. For example,
one may split one stream, and compress or expand each of the
splits separately. Since streams going to the MEN have to be
at the same pressure, MENs at different pressure levels need
to be defined. Figure 15 shows the complete parallel-series
operators with two MEN operating at different pressures.

Distillation Networks as Heat- and Mass-Exchange
Networks

A conventional distillation column can be viewed as a com-
posite heat- and mass-exchanger operation. As shown in Figure
16, two mass exchangers and two heat exchangers are needed
to create the small network that represents a conventional
distillation column with a two-phase feed stream. Its state-
space realization is shown in Figure 17.

Two exchange operations take place inside a distillation net-
work. On one hand, pure heat-transfer operations take place
in condensers, reboilers, preheaters, and so on. On the other
hand, simultaneous heat and mass transfers take place inside
the columns.

One of the major difficulties in analyzing the probiem using
MEN and HEN tools is that the intermediate streams inside
the network are not known in advance and have to be generated
during the design procedure. Once this is accomplished, heat
and mass integration among the different streams can be ana-
lyzed using classical HEN and MEN approaches embedded in
the overall design procedure.

Assuming constant countercurrent molar flow rate, mass
exchange inside distillation columns, though nonisothermal,
can be treated as a pure mass-transfer operation. This is the
basis of the McCabe-Thiele method. In this case, a distillation
network can be considered as a separable heat/mass-exchange
network.

The other distinctive feature of the distillation network is
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P
2 A8 } [

Figure 16. Distillation as a composite heat/mass ex-
changer network: column with two-phase
feed.

that streams are allowed to mix and split, so that they lose
their identity as soon as they enter the distribution network.

In this particular state-space realization of a distillation net-
work, different combinations of operators can be used. Split-
matching or pinch operators can be used for mass exchange
and heat exchange depending on designer preferences.

More complicated networks can be represented in this way.
A Petlyuk arrangement with liquid feed and liquid products
is represented in Figure 18. Its state-space realization is shown
in Figure 19, where only active matches in the split-matching
operator are shown. Another interesting feature of this state-
space realization is that an independent circuit can be estab-
lished for a heat pump, as shown in Figure 20.

ANEE
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F
—
w
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A
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™ MEN[ T H

4

Figure 17. State-space realization of a single column
with a two-phase feed.
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Figure 18. Conventional representation of a Petlyuk col-
umn.

Assumptions

To perform the design of energy-efficient distillation net-
works with multiple feed and multiple product streams, the
following assumptions are made:

(a) Target compositions for the separation task are given
for only one component, which is called the ‘‘key’’ component.

(b) For heat/mass-exchange operations, only distillation-
type (vapor-liquid) mass exchangers are to be considered as
part of the network.

(c) Thermodynamic equilibrium properties of the key species
are not a function of the composition of other species.

(d) Enthalpy of vapor and liquid mixtures can be expressed
as a function of the temperature, pressure and composition of
the key component.

(e) Only countercurrent contact in mass exchangers between
liquid and vapor streams are considered. Constant molar flow
rate is assumed to hold for both streams, and each equilibrium
stage is 100% efficient.

(f) No mass separating agent is used.

(g) Different pressure levels are fixed.

(h) An independent circuit for a heat pump can be used.

We should emphasize that the state-space approach can be
applied to gny distillation network synthesis problem, irre-
spective of the validity of these assumptions. Nevertheless, in
the interest of simplicity of presentation and as a first attempt
to the general problem description, we have chosen to limit
the scope of this work to problems satisfying these assump-
tions.

Assumptions a, ¢ and d trivially hold true for binary mix-
tures. They are also the basis of the key component approach
to multicomponent distillation.
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Figure 19. State-space realization of a Petlyuk column
using a split-matching operator.
Only active matches are shown.

Although other technologies (such as mass-separating agents)
can be considered at the same time within the state-space ap-
proach, assumption b is included only for simplicity.

Assumption ¢ holds for ideal multicomponent mixtures.
Mixtures of nonpolar compounds of similar structure and mo-
lecular weight satisfy this assumption fairly well. This as-
sumption was used extensively in the modeling of
multicomponent distillation (Holland, 1981) of mixtures of
aliphatic or aromatic hydrocarbons of similar molecular weight
(especially isomers).

For ideal mixtures, assumption d is a good approximation
when the enthalpies of pure components are close.

Finally, assumption e implies that energy balances around
distillation columns are ignored. This is similar to the well
known assumption of the McCabe Thiele method for distil-
lation column design.

Since mass transfer is equilibrium-driven (assumption ¢), the
temperatures and enthalpies of the streams leaving the MEN
are those corresponding to saturated liquid and vapors.

Details of the state-space model in its complete mathematical
form as applied to this particular problem are given in the
Appendix.

MEN and HEN Interactions

In this section, the background provided by the state-space
realization of distillation networks is used to analyze the in-
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Figure 20. State-space realization of an external heat
pump circuit.

teraction between the corresponding MEN and HEN through
the DN. First, simple distillation column designs obtained using
the McCabe-Thiele method are discussed. Next, two-column
multieffect-type designs are analyzed. Finally, a two-feed, two-
product solvent-water separation system is discussed.

Analysis of single distillation column

We will first illustrate how the information outlined in the
familiar McCabe-Thiele diagram can be represented through
HEN/MEN pinch diagrams and how this novel representation
can be used to analyze conventional designs. Although the
discussion that follows is limited to a single distillation column,
one of the primary advantages of the MEN/HEN pinch dia-
grams is that they can be used to represent information re-
garding a whole network, something that conventional
McCabe-Thiele diagrams cannot do. Networks involving more
columns cannot be easily analyzed and/or designed using the
McCabe-Thiele method, which does not take into account the
possibilities of heat integration and multiple columns. There-
fore, the knowledge and understanding of the MEN/HEN
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Table 3. Data for the Propane-Propylene Splitting Case

Study

Feed 271.8 kmol/h z=0.6 T=362 K P=106 psia
Products 159.0 kmol/h w=0.99 @Sat. Vapor P=106 psia
112.8 kmol/h w=0.05 @Sat. Vapor P=106 psia

Costs:
Steam $1.6/1,000 Ib =$ 1.7515/10° kJ
Cooling Water  $0.08/1,000 gal (40°F rise) =% 0.2572/10° kJ
Electricity $0.04/kWh =$12.3646/10° kJ

(Cooling Water is available at 65°F)

SI  conversion:
MJ=kWh=3.60.

kPa=psix6.89; kg=1lbx0.454; °C=("F-32)/1.8;

interactions gained with the analysis of this simple one-column
case can be later used for more complicated systems.

For the purpose of illustrating the interaction between the
MEN and the HEN networks, a propane-propylene separation
(C3 splitting) case study has been chosen.

Every year over 20 million metric tons of polypropylene are
produced from propane. Distillation is the method the chemical
industry usually employs to separate propane from propylene,
and a substantial amount of energy is involved in the process.
The incentive to improve the energy efficiency of this sepa-
ration task is great, and the problem has received the attention
of various authors (Tyreus and Luyben, 1975; Finelt, 1979;
Quadri, 1981).

The properties of the feed and product streams as well as
relevant cost coefficients are given in Table 3. A few words
about the thermodynamics of this system are pertinent at this
point. The mixtures can be treated as ideal solutions, and both
species have very close boiling points. Therefore, their sepa-
ration using distillation is energy- and capital-intensive. Both
effects are related to the fact that the equilibrium line in a y-
x diagram is close to the 45° line.

If the separation is conducted at the same pressure as that
of the feed and product streams [106 psia (730 kPa)j, a refri-
gerant must be used because of the low dew point of the mixture
[the boiling point of propane at 106 psia (730 kPa) is 287.81
K]. The refrigerant cycle chosen uses propane betwen 72 and
230 psi (496 and 1,585 kPa), and its final cost is of $2.96/10°
kJ.

Assume that the McCabe-Thiele method is used to design a
single distillation column. Figure 21 shows the flowsheet of
such a distillation column in the form of a mass/heat-exchanger
network, employing a partial condenser and a total reboiler.

One of the assumptions of the McCabe-Thiele method is
that streams inside each column section have constant molar
flow rates. As a result, the two operating curves, corresponding
to the two mass exchangers, are straight lines in a y-x diagram
(Figure 22). The following facts are also well established in
the literature (McCabe et al., 1985):

e The operating line corresponding to the lower mass ex-
changer has its lower end (%,, y;) at the 45° line and has a
slope of L,/V,.

® The operating line corresponding to the upper mass ex-
changer has its upper end point at (x,, ¥,). Its interception
with the 45° line is (w,, w,) and its slope is L;/V,=R/(R + 1),
where R is the reflux ratio {R=L,/P,}.

® The two operating lines intersect at a point that lies on
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Figure 21. Heat- and mass-exchange network for a dis-
tillation column with superheated feed.

the ““feed line.”’ In turn, the ‘‘feed’’ line has slope g/(g—1),
where g is the parameter describing the phase state of the feed
stream.

e The optimal location of the feed plate is the one that
straddles the intersection point of the two operating lines. For
a given reflux ratio, placement of the feed at any other location
results in an increase in the number of plates.

e As the reflux ratio decreases, Ly, L,, V, and V, decrease,
the condenser and reboiler loads (which are proportional to
V¥, and L,) decrease, and the number of plates increases.
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Figure 22. McCabe-Thiele diagram for the C3 distillation
column.
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Figure 23. Pinch diagram for the C3 problem.

Let us now describe in detail how the HEN temperature-
heat load (T-HL) and the MEN concentration-mass load (C-
ML) pinch diagrams are built. For the case of HEN, the task
is straightforward, as shown in Figure 23. To ensure finite
heat exchange area, it is necessary that a driving force of at
least AT be maintained between hot and cold streams. Thus,
in creating the T-HL diagram, different temperature scales are
employed for hot and cold streams. The cold stream temper-
ature scale is chosen to be linear, while the hot stream tem-
perature scale is chosen as a downward translation of the cold
scale by an amount AT. Thermodynamic feasibility of heat
exchange is then maintained as long as the hot composite
stream lies above the cold composite stream in the T-HL pinch
diagram. Streams in the T-HL diagram are straight lines be-
cause their flow rate and heat capacity are assumed to be
constant. The slope of these lines is the inverse of the flow
rate times heat capacity product. As a result, the composite
hot and cold streams are piecewise linear, and pinch points
can be easily identified by determining the places in which
composite streams touch. Moreover, the only temperature val-
ues that are pinch-point candidates are inlet temperatures of
hot and cold streams (Grimes, 1980; Cerda et al., 1983; Duran
and Grossmann, 1986).

Since the temperature of the condenser is lower than that
of the reboiler, the cold stream L, is located higher than the
hot stream V, in the T-HL diagram, demonstrating no pos-
sibility of heat integration. This is immediately apparent within
the MEN/HEN representation which also provides the nec-
essary utility loads. This information is not directly repre-
sentable on the McCabe-Thiele diagram.

Construction of the C-ML pinch diagram requires first the
selection of corresponding scales for rich and lean streams.
These scales should be such that thermodynamic feasibility of
mass exchange can be easily assessed through simple inspection
of the C-ML pinch diagram. Furthermore, they should incor-
porate information regarding a minimum driving force € re-
quired to keep mass exchangers at finite size. Thermodynamic
feasibility of mass exchange is established when both ends of
a mass exchanger’s operating line lie below the equilibrium
curve (or above if the equilibrium curve is based on the heavier
component) in a y-x diagram. The distance of these points to

November 1992 Vol. 38, No. 11 1783



F{x} +£

(Proportions are distorted)

x; = 098824 0.99
0.9834

x=¥4,=0.541270.5817

%= 005+

Q.05
|

715.7 Kgmol/h
I<——-—>
| -

Mass Load

Figure 24. MEN pinch diagram for the C3 problem.
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the equilibrium curve, therefore, represents the driving force
for mass exchange. This suggests that the correspondence of
the vapor (lean in the light component) concentration scale
and the liquid (rich in the light component) concentration scale
should be established through the equilibrium expression F'(x).
For example, a rich stream with concentration x can exchange
mass with a lean stream of concentration y, only if y < F(x) —e.
For a given linear vapor (lean) concentration scale y, the liquid
(rich) concentration scale can be obtained using the transfor-
mation G(y +e¢), where G(») is the inverse of F(x). The re-
sulting scale correspondence for the C3-splitting problem is
shown in Figure 24,

The McCabe-Thiele assumption of constant molar flow rate
suggests that the vapor streams are represented as straight lines
in a C-ML pinch diagram with a linear vapor (lean) concen-
tration scale. The slope of these lines is equal to the inverse
of the molar flow rate. In their own linear concentration scale,
liquid (rich) streams are also represented as straight lines. How-
ever, since the mapping G (y +¢) is employed in constructing
the liquid (rich) concentration scale, the liquid streams have a
curved representation in the C-ML diagram. Fortunately, since
F(x) is a nonlinear concave function, the liquid streams are
represented by concave curves. As a result, thermodynamic
feasibility of mass exchange can be verified through the ex-
amination of stream end point information alone. Moreover,
the rich composite stream will consist of concave sections. This
can be easily seen if one constructs first the composite-rich
stream in its own linear scale x and then employs the trans-
formation. Therefore, a pinch analysis can still be performed
according to the rule originally proposed by Grimes (1980) for
HEN and modified accordingly for MEN by El-Halwagi and
Manousiouthakis (1990a): that is, only the inlet concentrations
of the rich and lean streams are pinch-point candidates. Thus,
for all practical purposes, the piecewise concave composite-
rich stream created above can be replaced by a piecewise linear
composite-rich stream, without introducing any error in pinch
calculations. For this reason, the straight line representation
is used from now on.

For the example of the C3-splitter (Figure 24), construction
of the composite curves in the C-ML diagram is straightfor-
ward because:
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Figure 25. Effect of changes of reflux ratio on the MEN
pinch diagram.

¢ The required product specifications uniquely determine
the concentrations X,, y, and x,.

¢ Flow rates are known, once the reflux ratio is fixed.

¢ The outlet composition of ¥V, and L, are equal to the inlet
compositions of V, and L,, respectively. In the case of the
liquid streams, this is true because the outlet of the upper
mass exchanger does not mix with any other stream. In
the case of the vapor streams, the equality of compositions
is related to the fact that the feed plate straddles the in-
tersection of the operating lines in the y-x diagram.

The primary goal in designing energy-efficient distillation
networks is to reduce the utility consumption in the HEN.
Since in the design under consideration the feed stream is
introduced directly to the column, no heat integration is pos-
sible and the above goal is translated simply into the goal of
reducing the flow rates of L, and V,. Changes in flow rates
affect the MEN as well, and thus the HEN and MEN interact
with each other. One can now concentrate on the MEN alone
analyzing how changes in stream flow rates, compositions and

T T
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Figure 26. Effect of changes of reflux ratio on the HEN
pinch diagram.

Vol. 38, No. 11 AIChE Journal



\

|
1
i
|
|
|
1
|
i
|
!

YT

-
o

4 « Xp
2 X F X

Figure 27. Effect of feed plate location on the McCabe-
Thiele diagram.

enthalpies, which take place at the level of the distribution
network, can reduce the flow rates of the streams that go to
the MEN without altering their specific HEN inlet- and outlet-
specific enthalpies.

Since no external mass-separating agents are employed, the
mass load of the composite-rich and lean streams are equal.
Moreover, since the pairs of streams V,, L, and V,, L, exchange
mass in two different mass exchangers, the mass loads of V,
and V, are equal to the mass loads of L, and L, respectively.
This, in turn, means that inlet concentrations of V, and L,,
which are pinch candidate concentrations, share the same ab-
scissa.

As the reflux ratio R is reduced, flow rates V|, V,, L,, and
L,are also reduced. In turn, the mass loads will also be reduced,
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Figure 28. Effect of feed plate location on the MEN pinch
diagram.
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sign.

since the concentration at the end of the rich composite stream
are fixed. The changes in the HEN and the MEN are shown
in Figures 25-26. As slopes increase, the distance between the
end points of streams V; and L, is reduced, and eventually the
two composite streams touch, thus determining a pinch point.
A further decrease in R will result in a crossing of the composite
streams, revealing an infeasibility for that particular value of
€.

Pinch points of the MEN can be easily identified in the
McCabe-Thiele operating line diagram. They correspond to
concentrations of vapor and liquid, where the operating lines
and the equilibrium curve are at a distance equal to the min-
imum approach e.

The composite-rich and -lean streams are continuous (dis-
continuous) if the position of the feed plates straddles (does
not straddle) the intersection of the operating lines in the y-x
diagram. This can be easily established through material and
energy balances at the feed plate and is illustrated in Figures
27 and 28. As this discontinuity is introduced and since the
end concentration levels of the lean composite stream remain
unaltered, a reduction of slopes must take place to maintain
the operating lines at a distance e from the equilibrium curve.
Since the rich composite stream must have the same load, rich-
stream slopes must also decrease. The effect is expressed in
the HEN through a reduction of slopes and an increase in the
utility load. This discontinuity also manifests itself in the
McCabe-Thiele diagram. Indeed, as the intersection point of
the operating lines is not straddled, the upper operating line
has its end point at a liquid concentration which is lower than
the abscissa of the intersection point. As X, =x,, the lower
operating line ends at the same abscissa, but at a lower ordinate.
If the feed stream is a two-phase stream, discontinuities of
both composite streams in the C-ML diagram will be observed,
whereas a single discontinuity will be observed in the rich
composite stream for a subcooled liquid feed stream. In all
three cases, these discontinuities must be avoided if minimum
utility consumption is sought.
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Figure 30. Unpinched distillation column.

Finally, let us consider the case of the McCabe-Thiele dia-
gram of Figure 29. If minimum utility is sought, then the lower
operating line should have infinite slope (negative slopes of
this line do not have physical meaning, since they represent
negative flow rates). The feed plate for such design is at the
bottom (Figure 30). If the intersection of the operating lines
is at a distance from the equilibrium curve which is greater
than e, there is no pinch point possible. It is easy to see that
the corresponding MEN has only one rich and one lean stream.

Effect of heat integration

Let us now consider other alternative designs, which involve
precooling of the feed stream either through external coolants
(Figure 31) or through heat integration with existing cold
streams or any combination thereof (Figure 32). Both designs
are considered by the state-space realization shown in Figure
33.

To analyze the beneficial effect of heat integration, a com-
mon basis of comparison should be established. One such
common basis is achieved when for every amount of pre-
cooling, the resulting distillation column is designed to mini-
mize its utility consumption: that is, internal flow rates are
such that a pinch point at the end of L, is established. To
identify each level of precooling one can use the value of the
parameter g of the column’s feed stream. Figure 34 shows the
changes seen in the MEN as the value of g corresponding to
the mixture fed to the column varies. The net effect of in-
creasing the precooling is to move the pinch point to higher
values, increasing L, and decreasing V,. The corresponding
effect on the HEN is shown in Figure 35, where heat integration
has been considered. As g increases, the temperature of the
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Figure 31. One-column design for the C3 problem with
precooling.

column’s feed stream decreases. This decrease increments the
amount of heat that can be integrated by establishing the only
feasible match (V5 with L,). Therefore, the amount of heat
(Q"%:) that the feed stream V; can release to the reboiler stream
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R
h
-
A
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R

Figure 32. One-column design for the C3 problem with
precooling and heat integration.
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Figure 33. State-space realization of a single-column de-
sign for the C3 problem (with precooling).

L, increases. As precooling continues to increase, the temper-
ature difference between the exit temperature of the feed stream
77 and the temperature of L, (T#) decreases eventually reach-
ing the minimum approach AT. At this point, the amount of
heat Q% has reached its maximum value. Further increase of
precooling requires the use of refrigerant, and therefore Q%
stays at its maximum value. Therefore, if heat integration is
chosen to take place, the refrigerant usage to achieve the desired
level of precooling (desired g for the column’s feed stream),
remains zero until ¢ reaches the value corresponding to feasible
maximum heat exchange and increases from then on.
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On the other hand, as g increases, the internal flow rates of
the column decrease, and so does the utility load of the con-
denser. For this reason, the combined overall cold utility usage
passes through a minimum.

For the same reason, the hot utility cost passes through a
minimum, when heat integration is present and monotonically
increases if heat integration is not allowed. The presence of
the minima for the hot utility is related to the value of the
maximum amount of heat that can be exchanged. If this value
is small, the minimum may not even appear.

The combined effect to give the overall utility cost depends
on the relative cost of the two utilities. For example, if the
cold utility is cheaper than the hot utility as in the case of
cooling water and steam, the optimum may be located near
the minimum of the hot utility cost. Likewise, if the cold utility
is more expensive, as it happens when using steam and refri-
gerant in low-temperature distillation such as in the C3 split-
ting, the optimum will be located near the optimum of the
cold utility.

Other state-space designs

From the above analysis, it is clear that the goal of any
improvement from these basic designs has to be based on the
reduction of reboiler and/or condenser loads combined with
a maximization of heat integration, whenever possible. This
has already been done to the maximum extent for the designs
outlined above.

The state-space model provides other alternatives that can
be explored.

Consider the best design obtained (Figure 32) as a starting
basis. The state-space realization of this design has been shown
in Figure 33. Many of the available connections in the DN
were not used. We turn our attention to those DN internal
flow rates that are not considered by the previous designs. In
particular, we are interested in determining if nonzero flow
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Figure 36. Liquid-bypassed state-space design of a sin-
gle column with superheated feed.

rates of any of these connections can help in reducing flow
rates V, and L,. We concentrate on L, first.

Since total and component mass balances must be satisfied,
the only possibility of reducing L, is by activating a connection
inside the DN that constitutes some bypass, which will not
alter other flow rates. One of these bypasses is established by
activating 14", as shown in Figure 36. To keep material bal-
ances satisfied, L45 is reduced by the same amount. Although
the total material balance is satisfied, several other effects take
place. First, the reduction in flow rate, experimented by L,,
results in a change of slope of L, in the C-ML diagram. Second,
the effect of the bypassing also raises the concentration of V.
Finally, V, becomes a two-phase stream. This last effect needs
to be compensated, either by heating the bypassing stream to
the appropriate energy level or by introducing an additional
superheated stream that would adjust the enthalpy by mixing.
(A saturated stream cannot be used, since the resulting mixture
would never be a saturated vapor.) As all possibilities of heat
integration are already exhausted, heating of the bypass will
result in an overall hot utility consumption similar to the design
obtained in Figure 32, whereas use of part of the only super-
heated stream available, F}, is beneficial in two ways. On the
one hand, heating utility usage is avoided, and on the other,
precooling using refrigerant after heat integration is reduced.

The greater the enthalpy of the “‘heating stream,’’ the greater
the amount of bypass L4 can be used. Since V; and F, have
the same concentration having greater enthalpy, the usage of
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F, is preferred over V;. The improved design will be called the
“liquid-bypassed’’ design (Figure 36).

The effect on the MEN pinch diagram in Figure 37 is to
increase the slope of L, and decrease the slope of ¥, while
maintaining X, fixed and increasing y,. The amount of mass
exchanged is lower too. The effect on the McCabe-Thiele dia-
gram is shown in Figure 38.

The value of y,, however, cannot increase beyond its limit
y* =F(%,) —e at which a second pinch point is obtained.

Other bypasses are less beneficial. For example, a bypass of
the liquid stream going to the reboiler starting at a lower
composition (see Figure 39) has the effect of reducing the
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Figure 38. Effect of liquid bypassing on the McCabe-
Thiele diagram.
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Figure 39. Liquid bypassed state-space design of a sin-
gle column with superheated feed.
Bypassing at low concentrations.

amount of heating stream F|, required to obtain a saturated
vapor stream V.

Bypassing part of L, and L,, as shown in Figure 40, cannot
be performed without altering the vapor inlet composition y,
of the upper mass exchanger. As the liquid flow rate is smaller,
while the vapor flow rate remains the same, a component
balance in the upper mass exchanger dictates an increase in
¥,. This, in turn, suggests that the minimum approach already
obtained in the lower end of the operating line corresponding
to this exchanger will now be violated. The only way to com-
pensate for this is to increase flow rates, which in turn results
in an increase of utility usage. Therefore, these bypasses cannot
improve the energy efficiency of a conventional distillation
column.

In a similar way, one may try to reduce the flow rate of
stream V, by introducing a bypass V'. Since L, needs to be
saturated, a ‘‘cooling’’ stream is needed. This stream, which
cannot be a saturated liquid, is present only if the feed is
subcooled.

The above improving procedure may be performed using
any other design of different ¢ value as a starting basis.

There, however, is another alternative to reduce the energy
consumption. Suppose that the bottom liquid concentration
X, is lowered and that stream L, is only partially heated in the
reboiler producing a two-phase output stream. Later the liquid
portion of this stream is mixed with the feed stream, whereas

AIChE Journal

Figure 40. Liquid bypassed state-space design of a sin-
gle column with superheated feed.
Bypassing at high concentrations.

the vapor is fed to the column again. Such a design is shown
in Figure 41 and will be called *‘feed-bypassed’’ design. Figures
42 and 43 show the changes in the MEN and McCabe-Thiele
operating line diagrams, respectively. As a result of the re-
duction of the feed into the column, the liquid flow rate L,
decreases, which leads to a decrease in hot utility. Partial
reboiling also decreases the hot utility consumption,

The above exact same two solutions have also been found
by employing the optimization package MINOS to optimize
the interaction of MEN/HEN. The costs are compared in Table
4. Although the ‘“feed-bypassed”’ and the ‘‘liquid-bypassed’’
designs are similar in cost for the C3 case study, this is not
necessarily true in general.

The above discussion should not be interpreted as if all
possibilities of improvement have been exhausted. If one allows
more streams in the DN or different MEN at various pressure
levels, richer configurations featuring lower utility consump-
tion may be possible to obtain.

Distillation designs of the multi-effect type

Multi-effect distillation is a name coined for special multi-
pressure distillation networks (King, 1980; Grant, 1979). They
consist of two (or more) columns functioning at different pres-
sures. As pressure changes, so do the dew and bubble points
of the mixture; at some point the heat released by the condenser
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Figure 41. Feed bypassed state-space design of asingle
column with superheated feed.

of a high-pressure column can be used in the reboiler of a low-
pressure column. The convenience of these designs and their
placement into overall process design were discussed by Linn-
hoff et al. (1983) and Smith and Linnhoff (1988). Andrecovich
and Westerberg (1985) showed how to calculate utility bounds
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Figure 43. Effect of feed bypassing on the McCabe-
Thiele diagram.

for the case in which one-feed, two-product distillation col-
umns are used in & multi-effect context.

A traditional two-column muilti-effect design is shown for
the C3-splitting problem in Figure 44. Flow rates and properties
of different streams are given in Table 5. A heat pump op-
erating with propane between 70 psia (482 kPa) and 350 psia
(2,412 kPa), has been included for this case. Both columns
operate at a reflux ratio such that the utility usage in the
condenser of the low-pressure column (refrigerant) and the
reboiler of the high-pressure column (steam) are minimized;
that is, the intersection of operating lines is at a distance e
from the equilibrium curve. Any other splitting ratio requires
that one of the columns operates with a higher reflux ratio
and therefore consumes more utility.

As was done for the case of one-column, one can start
introducing all the changes suggested by the state-space model.
That is, one may introduce “‘liquid-bypassed’’ designs or ‘‘feed-
bypassed’’ designs for both columns. The resulting HEN/MEN
interactions will eventually result in a reduced utility cost.

The possibilities suggested by the state-space model, how-
ever, are not confined to the aforementioned individual column
improvements. Moreover, as now the reboiler of the low-pres-
sure column is heat-integrated with the condenser of the high-
pressure stream, there is no direct utility cost associated with
it. Therefore, the incentive to reduce its load may be found in
its effect in the load of other streams, such as the condenser
of the same column. As it is not possible to be sure that one
has explored all evolutionary steps suggested by the state-space
approach, an optimization procedure was used. Split-matching

£,= 0.03
27 003 Table 4. One-Column Costs for the C3 Problem (without
Heat Pump)
0.05
($/h)
0.005 - Direct Feed 120.5
Mass Load With Heat Integration (Fig. 25) 116.7
N . . Liquid-Bypassed 115.2
Figure 42. E_ffect of feed bypassing on the MEN pinch Feed-Bypassed 1152
diagram.
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Figure 44. Two-column multi-effect flowsheet for the C3
problem.

operators were included in the model, and MINOS was used
to obtain the results. One network realizing the results obtained
using a heat pump is shown in Figure 45. Flow rates and
properties of different streams are given in Table 6.

Table 5. Conventional Multi-Effect Solution of the C3 Prob-
lem (Figure 44)

Flow Rate Molar Pres. T
Stream (Kmol/h) Fraction (psia) (K)
F 271.8 0.6 106 362.05
Vi 147.69 0.6 106 362.05
V2 124.09 0.6 300 397.03
V3 1,131.71 0.9888 300 322.08
V4 935.21 0.05 300 331.2
V5 956.39 0.9883 106 280.7
V6 742.29 0.05 106 287.4
V7 51.49 0.05 300 330.0
\'4 72.61 0.99 300 321.7
V9 61.27 0.05 106 287.4
V10 86.41 0.99 106 280.6
L1 869.98 0.9881 106 280.6
L2 803.56 0.05 106 287.4
L3 1,059.09 0.9887 300 322.8
L4 986.70 0.05 300 331.2
P1 159.03 0.99 106 280.7
P2 112.75 0.05 106 287.4

SI conversion: kPa = psi x 6.89

AXChE Journal

Figure 45. Two-column state-space flowsheet for the C3
problem.

The high-pressure column is a combination of a ‘‘feed-by-
passed’’ and a ‘‘liquid-bypassed’’ column. Instead of bypass-
ing streams, the low-pressure column receives a contribution
of liquid from the high-pressure liquid drum, which, together

Table 6. State-Space Multi-Effect Solution of the C3 Prob-
lem (Figure 45)

Flow Rate Molar Pres. T
Stream (Kmol/h) Fraction (psia) (K)
F 271.8 0.6 106 362.05
Vi 78.5 0.6 106 362.05
V2 193.3 0.6 300 397.03
V3 1,413.9 0.99044 300 322.1
V4 1,204.0 0.00817 300 331.2
V5 724 0.98625 106 280.7
V6 593.3 0.08156 106 287.1
V7 48.5 0.00758 300 331.2
V8 92.5 0.9913 300 321.7
V9 64.4 0.08156 106 287.1
V10 66.4 0.98819 106 280.6
Vi1 65.9 0.6 106 362.05
Vi2 12.6 0.6 106 362.05
L1 657.68 0.98605 106 280.6
L2 803.56 0.08156 106 287.0
L3 1,321.3 0.99038 300 322.8
L4 1,263.1 0.00816 300 331.1
LS 41.5 0.57003 300 305.6
L6 10.7 0.00727 300 331.1
L7 3.8 0.00816 300 331.1
L8 12.3 0.99038 300 331.1
Pl 159.03 0.99 106 280.7
P2 112.75 0.05 106 287.4
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Table 7. Maulti-Effect-Type Costs of the C3 Problem

($/h)
Conventional 5.2
State Space 46.8

with a small contribution of the low-pressure feed stream,
results in an increase of the concentration of the bottom inlet
vapor. Also, part of the liquid extracted from the middle of
the high-pressure column is used to reduce the superheating
state of the low-pressure feed. Costs are compared in Table
7.

Multifeed distillation networks

To further illustrate the concept of state space as applied to
distillation networks we investigate a two-feed, two-product
problem. This case study represents a typical separation prob-
lem in the microelectronics industry. Consider a solvent used
for cleaning purposes and water used to rinse the remaining
portions of solvent from the cleaned material. As a result of
this process, the solvent stream is contaminated with water,
and the water stream is contaminated with solvent. It is desired
to design a distillation network that would perform the re-
generation of both streams to their desired purity for reuse.
The feed and desired product stream data are given in Table
8. Costs of steam and cooling water are the same as those
given in Table 3. A heat pump is not included.

Some designs can be suggested to perform this separation.
For example, separating each stream in one column is more
expensive than a one-column, two-feed design shown in Figure
46. In this design, the solvent-rich-stream feed plate coincides
with the bottom column plate, and the design is unpinched.

The state-space solution obtained using the optimization
model departs significantly from the previously presented de-
signs. Figure 47 shows one network that realizes the solution

Table 8. Data for the Multifeed Solvent Separation Problem

Feeds:
180.84 kmol/h z1=0.99 @Sat. Vapor
107.41 kmol/h z2=0.01 @Sat. Vapor
Products:
179.811 kmol/h z1=0.999999 @Sat. Liquid
108.447 kmol/h z1 =0.002746 @Sat. Vapor
Thermodynamic Data:
Pressure: 0.1 atm
Solvent Boiling Point: 410. 4 K
Water Boiling Point: 327. 4K
Relative Volatility: 64.475
Enthalpy coefficients:
Liquid: a= 25,660 kJ/kmol

b= —21,570 kJ/kmol
Vapor: a= 79,570 kJ/kmol
b= -32,700 kJ/kmol

Temperature Coefficients:

Dew Point: dl= 410.87
d2= —-166.88
di= 404.09
dd= —320.67
Bubble Point: cl= 410.87
2= —1326.11
c3= 436.76
c4=~-194.12
1792
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Figure 46. Multifeed solvent separation column.
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Figure 47. State-space solution for the muitifeed distil-
lation problem.
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Table 9. State-Space Multifeed Solvent Separation Problem
(Figure 47)

Flow Rate Molar 7
Stream (Kmol/h) Fraction (K}
F1 180.8 0.99 330.5
F2 107.4 0.01 409.2
V1 15.77 0.01 409.2
V2 55.82 0.01 409.2
V3 7.3 0.01 409.2
V4 28.53 0.01 409.2
\'%A) 255.27 0.999999 327.4
V6 7.3 0.959062 330.4
V7 55.82 0.99062 3304
V8 58.66 0.99810 330.4
V9 15.77 0.999999 327.4
V10 255.27 0.99248 330.5
L1 5.85 0.999999 327.4
L2 47.6 0.999999 327.4
L3 22.01 0.999999 3274
L4 5.85 0.67197 330.1
LS 47.6 0.67197 330.1
L6 22.02 0.67197 330.1
L7 79.92 0.684 327.4
L8 79.92 0.000157 327.4
P1 179.8 0.999999 327.4
P2 108.4 0.002746 410.4

obtained. Table 9 shows the flow rates and properties of dif-
ferent streams. A bypass from the solvent-rich feed to the
solvent-rich product is present, as in the one-column, feed-
bypassed designs. Four columns are used in 2 pattern of mixing
and splitting that does not resemble any known design. Es-
sentially, the water-rich stream coming from the condenser is
split into three streams. One is used to enrich the water-rich
feed stream (column 4). The other two are used to enrich in
water part of the solvent-rich streams in two different columns
(columns 2 and 3). After exchanging water, these three liquid
streams mix and exchange again water with the remaining part
of the solvent-rich stream, ending up with a concentration
which is lower than the specified solvent-rich product (column
1). This liquid stream is sent to the reboiler and mixes with

‘ Fix) +¢ A
x
(Proporpons are distoried}

0.99999910.999999L. — — — ~ - —w - - — — — - - - = — —
067197+ 09925+ — — — — — — — — — —

0.62005 1099062 — — — — = = - = — —|— — = —

LysLaslys 1,

V+Vyr Vg

0.000157 1+ 001 | = — —

54.672 Kgmol/h

Mass Load
Figure 48. MEN pinch diagram for the multifeed solvent
separation problem.
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Table 10. Multifeed Solvent Separation Costs

($/h)
One-Column {Two-Feed) 134.05
State Space 104.04

part of the solvent-rich stream. A vapor stream coming from
the partial condenser of stripping column 4 mixes with the
water-rich feed stream, whereas the liquid is sent as a reflux
to the column. The corresponding MEN pinch diagram is shown
in Figure 48. Pinch points are observed at the lower and upper
ends of the composite streams. The corresponding HEN pinch
diagram consists of three streams, one cold and two hot; as
there is no heat integration, steam and cooling water are used.
Costs of different configurations are compared in Table 10.
Basically, the large utility cost improvement is due to the ‘‘feed-
bypass’’ pattern associated with the solvent-rich stream. As
there is no need to heat this bypass, the cost savings in the
reboiler are of the order of 26.6%. The cooling duty of the
two condensers in the state-space solution, however, is higher
than the condenser duty of the one-column, two-feed config-
uration. The net overall utility cost savings are 22.4%.

Conclusions

The state-space apprcach to process synthesis has been ap-
plied to the problem of determining energy-efficient distillation
networks. Results show that this approach can provide distil-
lation network designs that are more energy-efficient than con-
ventional ones.

The results also suggest that distillation, although a mature
technology, needs to be re-examined at its fundamental level
and be studied as a composite heat- and mass-exchange net-
work.
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Notation

enthalpy function parameter

linear operator of a single-input single-output time-invar-
iant system; area of heat exchanger

enthalpy function parameter

linear operator of a single-input single-output time-invar-
iant system

heat capacity of streams

coefficient for bubble point calculations

flow rate of cold streams in the pinch operator; linear
operator of a single-input single-output time-invariant sys-
tem

enthalpy of a stream at the outlet of the HEN or a separator
coefficient for dew point calculations

linear operator of a single-input single-output time-invar-
iant system

electricity consumption (energy units)

flow rate of a feed stream

equilibrium composition of a vapor phase in contact with
a liquid phase of composition x

flow rate of hot streams in the pinch operator

inverse of F(x)

a
A

o [l

0ag
1o

hooH

H
d
D
E
F

oo

F(x)

G
G(y)

o
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= enthalpy of a stream at the inlet of the HEN or a separator

= liquid stream flow rate

= auxiliary compositions in the pinch operator

= auxiliary compositions in the pinch operator

= flow rate of a product stream

= parameter in the McCabe-Thiele method characterizing the
phase state of the feed

= heat or mass released or gained by a stream in the pinch

operator; heat or mass exchanged in the split-matching

operator

refrigerant utility consumption (energy units); reflux ratio;

auxiliary temperature in the HEN pinch operator

auxiliary temperature in the HEN pinch operator

auxiliary compositions in the pinch operator

= auxiliary compositions in the pinch operator

= auxiliary compositions in the pinch operator

= auxiliary compositions in the pinch operator

= steam utility consumption (energy units)

= auxiliary compositions in the pinch operator

= auxiliary compositions in the pinch operator

= temperature of a stream at the inlet of HEN

= temperature of a stream at the outlet of HEN

= scalar valued input time function of a single-input, single-
output time-invariant system

= auxiliary temperature in HEN pinch operator

auxiliary temperature in HEN pinch operator

= temperature/composition of a stream at the inlet of a split-
matching operator

= temperature/composition of a stream at the inlet of a split-
matching operator

= vapor stream flow rate

= composition of a product stream

= initial condition of a single-input, single-output, time-in-

variant system

scalar valued output time function of a single-input, single-

output, time-invariant system

cooling water utility consumption (energy units)

= liquid stream composition at the outlet of DN

liquid stream composition at the outlet of MEN

liquid stream composition at the outlet of a separator

vapor stream composition at the outlet of DN

= vapor stream composition at the outlet of MEN

vapor stream composition at the outlet of a separator

state vector of a single-input, single-output, time-invariant

system

initial state vector of a single-input, single-output, time-

invariant system .

composition of a feed stream

enthalpy function for the pinch operator

Q0 Q vww N

>
Il

([

b T RO 7 Sy S
|

ut? (¢t

o e Qg S
l

R

wii(r) =

et o =
i

il

W =
Iy =

z =
Z(T) =

Greek letters

e = minimum approach in MEN pinch and split-matching op-

erators
AT = minimum approach in HEN pinch and split-matching op-
erators
ATIn = logarithmic mean temperature difference in a heat ex-
changer
A = large number
n = integer variable
w = change in enthalpy due to compression
Supraindices
h = heat exchanged (split-matching operator)
m = mass exchanged (split-matching operator)
L = liquid stream flow rate
LL = connection between a liquid and a liquid junction in DN;
liquid-state parameter for separators of cold liquid streams
LP = connection between a liquid and a product junction in DN
LV = connection between a liquid and a vapor junction in DN;
vapor-state parameter for separators of cold liquid streams
V = vapor stream flow rate
1794 November 1992

VL = connection between a vapor and a liquid junction in DN;

liquid-state parameter for separators of hot water streams

VP = connection between a vapor and a product junction in DN

VV = connection between a vapor and a vapor junction in DN;

vapor-state parameter for separators of hot water streams
Subindices

bub = bubble point
dew = dew point
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Appendix: The State Space Model

It is assumed that the problem has ny feed streams and n,
product streams with concentrations z, and w,, and enthalpies
HY and HE, respectively.

We create n, vapor streams V}, as well as n, liquid streams
L;. Vapor streams have compositions y; and enthalpy Hf y
whereas liquid streams have composition and x; and enthalpy
HF. After passing through the MEN, the molar flow rate of
these streams remains the same (assumption €), whereas the
composition and enthalpy changes to ¥, FI}’ for vapor streams
and to £, H* for liquid streams. After passing through the
MEN, some streams go to the HEN and some go back to the
DN.

Some streams do not go to the MEN, going directly to the
HEN split-matching operator. All the compositions and en-
thalpies at the outlet of the HEN are y, A/ for vapor streams
and to %, At for liquid streams. Finally, streams coming out
of a phase separator corresponding to a liquid stream (L;)
have inlet and enthalpy concentration x; (or £;) and H%. The
outlet liquid and vapor flow rates are LF and V* with concen-
trations & and y* and enthalpies A and H'", respectively.
Similarly, streams coming out of a phase separator corre-
sponding to a vapor stream (V;) have inlet and enthalpy con-
centration y, (or $;) and ). The outlet liquid and vapor flow
rates are L and V7, respectively, with concentrations %/ and
#! and enthalpies A" and H}”, respectively.

To differentiate various streams, the following sets are de-
fined:

Liquid streams
I't = {L, is saturated; route DN —MEN — DN}
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T4 = {i3L; is subcooled; route DN — HEN(cold) — DN}
I'y = {i3L; is subcooled; route DN — HEN(hot) — DN}
T: = {i3L, is saturated; route DN — MEN — HEN(hot) — DN}
It = (3L, is saturated; route DN — MEN — HEN(cold)
—PS—DN}
It = (3L, is saturated; route DN — HEN(cold) — PS — DN}
I,={ihL; goes to MEN [}
L=1{i3L,; goes to MEN 11}

Vapor streams

I'Y={j>V, is saturated stream; route DN — MEN — DN}

Ty = {j3V, is superheated; route DN — HEN(cold) — DN}

Iy = {j3V, is superheated; route DN — HEN(hot) — DN}

Ty ={j3V, is saturated; route DN — MEN — HEN(hot)
~PS—-DN}

TY={/3V, is saturated; route DN — MEN — HEN(cold) — DN )

I¢'={j>V, is saturated; route DN — HEN(hot) — PS - DN}

Ji=1{j3V,; goes to MEN I}

J,={j>V; goes to MEN II}

Distribution network balances

Internal DN stream are denoted by a letter L or ¥ which
indicates the phases state of the stream. Supraindices LL, LV,
VL, and VV indicate the origin and destination of the stream.
Subindices give the number of the stream connected. For ex-
ample, L"/, stands for a liquid stream, which connects the inlet
junction corresponding to liquid stream L; and the outlet junc-
tion corresponding to vapor stream V;. As two-phase stream
can be formed at the outlet of the HEN, internal streams like
V'Y, can exist, indicating that there is an internal vapor stream
connecting the vapor outlet of a separator and a vapor stream.
The inlet of this separator is a liquid stream in this case.

Material Balances at the Distribution Network: Splitting
Junctions
ny ny np

Li= > LEH = > Ly~ > L =0 iel{,T5,T5,T;
s=1

g=1 s=1

ay v e
V=DV =S viP=0 jel! Py Ty
i=1 g=1 r=1

ny ny np
Vi D VEH =2 Vi =D ViP=0 ieT4Ig
s=1 g=1

r=1

ny ny np
LE- 3 LE->LE - > LiP=0 iel%Ig
s=1 g=1 r=1

Vi 2oVIE= 2o Vig = 2 Vi =0 jeriT¢
s=1 g=1

r=1
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ny ny np
LY=L= > LIy - D LT =0 jer).r{
i=1 g=1 r=1

n

D Fr+ ;V_V]Ft,ﬁ iFﬁ,—F,FO n=1,..,n
s=1

g=1 r=1

Mixing Junctions

Similarly, streams that are leaving the distribution network
satisfy total mass component and energy balances. The cor-
responding equations are:

Material Balances

ne ny ny

2 : LL 2 LL E : VL
Li_ Ls,i - I/s,i - Vq,i

s=1 g=1

s=ng4+1
yq

-~ S S

ZFF,f,,:O vi
n=1

g=np+1 g=nys+1
ny n ny
LV LV 144
Vi- 2 L= D V-2V
s=1 S=np4+1 g=1
yq 2y 7iE
4% 142 v o_ .
- E; Lyi— 2: Lq.i_E:Fn‘j—O v/
g=nx+1 g=nys+1 n=1
n n v
LP VP 74
Pr_ E :Ls,r'— E : I/s,r - E :Vq,r
s=1 Ss=np4+1 g=1
iy ny ne
vP vP P
- E Lo, — E Ly, — 2 F,,=0 vr
g=n+1 g=nys+1 n=1

Key Component Balances

ney nr3 N4

2 LL o 2 LL E LL o
Li»xi - Ls,i Xs = L:.i Xs— Ls,i st

s=1 s=n,+1 s=n;y+1

vy

-3 e 3 v S,
g=1

s=npet+l s=ns4+1
Wzl ys Tys
VL VL & VL =V :
- 2: Vai¥e— E: Vai¥q— E: Voidq Vi
g=npy +1 g=np+1 g=np+i
nys ny ny
_ VLV _ VL sV _ VL oV
§ ; Lgix E : VaiVq E : Lg%
g=ny3+1 g=nys+1 g=nys+1
ng
E L
- Fn,iznzo
n=1
nL) L3 g%
LVa Lv LV o
Vyi— E ;LS.jxs_ § : Ljx— E ; Lj%s
s=1 s=n+1 s=n;3+1
nL K3 o
LV = LV s YV a4
- 2 : LS,jx-f‘— z : Vs.ijl“‘ E | Vq,qu
s=nz4+1 S=n4+1 g=1
yy Nys ye
(44 VvV s YV =V ;
- § : VaiYe— E : VeiYa— E ; Vidq V7
g=ny +1 g=nyy+ 1 g=nx+1
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g ny ny
Vv =V VV =V | 48714
E : Lyjxg — E : VaiVea— E } Lg%
g=np+1 g=nys+1 g=nyps+1
ne
v .
- E Fn,jZ,,ZO vj
n=1
nLy (3] Nia
E : LPo E : LP 2 ) LP o
Pow,— Ls,r Xs— Ls,rxs_ LA-,,Xi"
s=1 s=n;,+1 s=ng3+1
ny n Tyy
z} LP 2 ; LP 2: VP o
- LS,,XA{‘— Vs,ryf‘ Vq,ryq
S=n,+1 s=n4+1 g=1
nyy nys nys
ve VP 4 VP =V
- 2 : Var¥e— E : VirFa— E I, VoY
g=ny+1 g=ny+1 g=n+1
Nvy ny Ry
VP oV VP sV 170714
- § : LyrXg —~ E : VirYa— § : Lo %
g=nmyy+1 g=nyps+1 g=nys+1

I
- ZF,’,’,z,,:O vr

n=1

Energy Balances

In the energy balances, provision has been made to include
the change of enthalpy associated with a compression of a
vapor stream. This change which is neglected in the case of
liquids, is denoted by w with respective supraindices and sub-
indices indicating the starting and end junctions of the internal
DN stream.

ary nrq ne
L LL ¥yL LL ¢yl LL FyLL
LAM-Y LA 3 LHA- Y LA
s=1 s=ng+1 s=ng+1l

ng vy
= 3 VAR - 3 VIR + ol
g=1

S=npg+1

3 Myy
VLI gV VL VL VvV VL
- E: VailHg +wgil- E: VoilHg  + g
g=ny +1 g=ny+1
ny Mys
VL FyVL VL 3V VL .
- E L, H "~ E VyilHy +w 5] Vi
g=nys+1 g=nys+1
ny e
VLT gvv VL VL ¥7VL
- D) VaAY +w1- > LA,
g=nys+1 g=nmn+1
g
E: L F FL
- F,,J[H,, + w,,,i] =0
n=1
e, nrg ne
14 LV ¥FyL LV ryL LV FyLL
V.H; — 2 L Hy— 2 Lg/H — 2 L;;H,
s=1 s=ng+1 s=npa+1

Ry

- > VLV{H§V+w§,V]—ZV;JV[H;+w;,V
g=1

S
s=npa+1

3 nyq
VIV L WV VVEVY VA
- Z Vo ilH g + w51 — Z VailHy + oy

g=ny+1 g=np+1
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Myg nys

= 2 LA 3 VIR + )

g=mns+1 g=ny+1
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20 LAl

g=nys+1

ny
_ R Z.
Z Ve lH, + w1 -

l]=ﬂy5+|

ng
— D FVHE v =0 )

n=1

K N4 ng
SILEAL+ > LEAR+ D) LIRS
s=1

s=np+1 s=np4+1

ny 7y
LPpEFLV L. VP TV 42
+ Z Vs,r [Hs + Ws,r + Z Vq,f [Hq + Wq,r
s=na+1 g=1

nyy Nys
+ > VERA v+ D VIRIH ey

g=ny +1 g=mnp+i

Nyg nys
S LA D VLA ol

g=n3+} g=rmytl

ny ny
+ > VITIH +wp)+ > LA

g=nys+1 g=nys+1

nF
+ D FlH + il - PH =0 vr

n=1

Constraints for the phase state of streams

Phase changes are not allowed in the HEN, so that every
stream is constrained to have a certain phase state. When a
phase change takes place, it utilizes more than one stream.

In general, enthalpies are functions of composition, tem-
perature and pressure. In particular, for ideal mixtures they
are linear in concentration, with the coefficients depending on
pressure. Thus:

Two Phase Streams at the Inlet of Separators (Outlet of
HEN)

H —pV%<at”  ieTt,T%
AF-pHR=a" i€l T
H' ~b/"y,<a”  jeTiT¢
H - btp,=al™ jeTyT¢

Superheated Vapor Streams at the Inlet of the Distribution
Network.

A - yza]" jeTy
Subcooled Liquid Streams at the Inlet of the Distribution
Network.

HY - btrx<att iel
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Saturated Streams at the Qutlet of the DN

i€lf,I4,I's,Tg
JETT,T3, 5T

L LL na
HI— bt x=d
Vv vv., _ VvV
H-b/"y,=a

Subcooled Liquids at the Outlet of the DN

Hf —bltx;<att  iel}

Superheated Vapors at the Outlet of the DN

—by=al"  jery

Saturated Streams at the Outlet of the MEN
All streams at the outlet of the MEN are saturated.

T -bHg=att  ielhT4TS
~b5=a JETLTLTY

Temperature-defining constraints

Temperature calculations are needed to write the feasibility
constraints in the HEN. For simplicity, two-phase streams are
assigned one single temperature. Dew points are chosen for
cold streams and bubble points for hot streams.

HEN Inlet Streams

(HF — Hyu,)
cpr

T, = i+ Chixi + it + cix)

Hly —at*+ 5,

’TiL = Tbl-ubl +
iers 1t

(Af — Hiw,)

ot
T, = Cri+ C5i%i + C5i% + 5] i€l;
H{Jub,= alt +bi'%;

L
T = TbLub,+

H} - H},,
Y}V: Td‘gw + ( . ¢ )

j b vy
Tdew di+dyy+dyyi+diy JET,, Ty
Hiew,=a"+ 0"y,

HCW
T Tdew +‘(——dl_
f] ij
JeTy

Vv Vv
Toew, = dy;+ dy 9+ dyJ + diy 3
Hi, =a/ "+ b} 5

_dﬁ"*”déi)?"*' L%+ dy® el
=d+ dsx+ d5xd + dsx} ielt
T =cli+clp+ i+ chyd  jery
T/ =cli+cqy;+cyi+cyl  jery
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HEN Outlet Streams

(H 7t bub
et

(H,— H.)

7

oL L L L L
T‘i = 7‘bub1 FZ 5F3 9F4

T}": Td’;w/ + JEF;;FZ{/’FSV
Rich- and lean-stream definition

Rich Streams
£—x,<0 iel4 it
Lean Streams

-y;<0 jery,r{,I¢

Hot- and cold-stream definition

Hoft Streams

H—H'<0 iel%
H —At<0 iel%
H'-H/=<0 jery
Hf-HA/<0 jery
Hf-H/<0 jer{

Cold Streams

Hf—HE20 jeT%
Hf-Af=0 el

~Hf=0 jel%
A/ -H/=0 jery
Hf ~A/20 jeTy

Equations for the separators
Equilibrium Equations

Vi —F(X[)=0 iel%,T§
pj —F(%)=0 jeT,,I§

The constant volatility expression is used for F(x).
Enthalpy Equations (Outlet Streams)

HY - byt =at’ ierk T
Al —btst=att €4 T

VV__bVVy-jV_aJ v I'GI’I,I}V
H"—b/"%)=a/" ier},T/

Material, Component and Energy Balances

Li—L{—~Vi=0 T4
Vi-L/~V/=0 jer!r¢
L&~ LERE—Vigh=0 €Tt
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Lix,— L% - Vipr=0 i€Tg

ijAj_LjV)?Jy_ I/Iyylyz 0 jery

Viyy=L/% = V3 =0 jer{
LA ~Li A" - VIAY =0 e}, I%
VEY - LA - VA =0 jer! T

Pinch operator constraints (MEN)

Pinch inequality constraints are formalized in the following
way:

Constraints for the Pinch candidate x; (rich streams)

Let

Sei=Max{x, x;}
§i=Max{ X, x;}
ri;=Max{y;, F(x;)—¢}
Fii=Max{p;, F(x;)—e€}

Then the pinch inequality is:

Li(x;i— %)+ Z L[ (x¢—5i;) — (£ —$i)]

k#i kel

-2 VAG - — =)l <0 el

Jedy

Lix=2)+ 2 Ld(i—se) — (£e— )]

kikel,

- Z VID—F)—(y—r)1=<0 icl,

Jje,

Since the following overall balance holds (there are no mass
separating utilities)

DILixi=2) = D V(=¥ =0
i j
then the pinch inequalities become

> LelSei—si) = D Vru— ) <0 iel,

k#ikely jeh
D LiSei=si) = D Vilr—F) <0 el
k#ikel Jjeh

Constraints for the Pinch candidate y; (lean streams)
The inequalities are:

ZLi(pAi,j_pi,j)+‘/j(ﬁj_yj)_ E Vit ;= 6,;) <0 jeJ,

ieh k#jked,

SLiBy—p)+ViG=y) = D, Vilte=h) =<0 jeh

ieh k#jket

where

pij=Max{x, G(y;+e)]
Bij=Max{x, G(.Vj+€)}
tj=Max{y,, y;}
fk,szaX(ﬁks i)
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The following set of linear constraints is used to calculate
the maximum of two numbers.

A+N\'=C
C=zA
C=Max(A,B) =
B+(1-NIr'=C
C=B

Pinch operator constraints (HEN)

Let G, represent all hot streams and C; all cold streams. Let
also T8, TS, and TE, TC, represent the HEN inlet and outlet
temperatures of the hot and cold streams, respectively. Sim-
ilarly, let HE, HS, and HE, HC represent the HEN inlet and
outlet temperatures of the hot and cold streams, respectively.
Enthalpy functions for hot and cold streams are given by
ZE(T) and ZE(T), respectively. Let us also define the follow-
ing sets:

K={i5L; or V;is a hot stream }
S={idL;or V,is a cold stream}

Constraints for the Pinch candidate TS (hot streams)
Let

R,,,‘k=Max{T,f, e}
R, =Max{T5, T¢)
Use=Max{TS, T{ — AT)
U, =Max (TS, TS~ AT)

Then, the pinch inequality is:

> Gul(Zo(Ruk) = ZG (R

m#zkmeK

- D CIZE(U,) - ZE(U,01<0 vkeK

seS

Constraints for the Pinch candidate TS (cold streams)
Let

M, =Max{T¢, TS+ AT}
M .=Max{TE, TE+AT)
N, ,=Max{Ty, TS}
e =Max{ TS, TE)

Then, the pinch inequality is:

DGl ZE (M) - ZE (M )} + C(HS — HY)

keK

= > CulZE(Nps—Z5(N, )] <0 Vs€S

m#s,mes

Split-matching operator constraints

MEN Constraints
Let Q7 ; be the mass exchanged between arich (liquid) stream
and a lean (vapor) stream. Then,
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Feasibility constraints are:

2=V -y Jedy > Qi =CAH -HAS) vk
i€l k
2 On=Lixi—x) el >0 =G (H{—Hf) s
Je€h 5
Z Qi=ViUi=y) Je Feasibility constraints are:
i€l
2 =Lixi=%) el O (TS = TC+ AT 20
e QLTS — TC+AT120
Objective Function
Utility cost is a linear combination of hot utility (steam in
Onl(P—F(x,) +el<0) . most cases), cold utility (cooling water or refrigerants), flow
Oy, F(£) +€]<0 iel,, jeJ, rates and power consumption (compression of vapors). In this
i ! - article we consider the use of Steam S, cooling water W, re-
. <0 frigerant R, and electrical power E.
QNP —Fx;) +el= } icl,, jel, Let cs, g, €, and ¢ be the cost of steam, cooling water,
oy, —F(%) +e]=0 refrigerant fluid and electricity respectively. The total utility

HEN Constraints
Let Q}, be the heat exchanged between a hot stream and a
cold stream. Then,

1800

cost to minimize is then given by:

C=csS+cyW+cgR+cE
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